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Executive Summary

Natural gas processing is one of the largest im@ligias separation applications
worldwide and is on the verge of innovative teclogglwhich may prove more economically
sound. One such technology is membrane networkshwdampete directly with amine units to
separate carbon dioxide from natural gas. Cugyemtembrane networks consisting of multiple
membranes, compressors, mixers and splitters arg lmvestigated to determine whether these
systems can handle larger flow rates than memhraite at a reduced cost.

A model was designed in GAMS to assess the fedgibflan amine unit versus a
membrane network where the annual processing astmnimized. Several membrane
networks processing natural gas at 19% @G@re designed to determine the optimal network.
The two membrane network resulted in an annualgsging cost of $163K with a total of 11%
methane lost. A four membrane network was run ilM&esulting in the three membrane
network which was the optimal solution. The threemmbrane network had the smallest annual
processing cost of $130K with 7.77% methane |I&sitthermore, the three membrane network
was scaled up at varying flow rates with 19% and®® to compare the operating cost and
total annualized cost to the amine unit’s. At fleates less than 270 MMscfd (19% & @he
membrane network had lower operating costs ranfgimg $175K to $39MM and a total
annualized cost ranging from $202K to $45MM. A¢ game flow rates, the amine unit had
operating costs ranging from $490K to $37MM andtaltannualized cost ranging from $532K
to $38MM. For the 9% Cgcase, the membrane network had a lower operatisigof $16MM
and a total annualized cost of $17MM at a flow tz&w 150MMscfd. At the same flow rate
and CQ concentration, the amine unit’s operating costtatal annualized cost were $16.5MM
and $17.5MM. It is recommended that membrane owds\be used in applications with high

CO, concentrations at flow rates less than 270 MMscfd.
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1. Introduction

Roughly 550 trillion scf (standard cubic feet) aftural gas in the lower 48 states cannot
be processed because of high,@@ntent. Membrane networks for gas conditioningehthe
potential to process this low quality natural gaarbon dioxide, which is an acid gas, is
commonly found in natural gas streams at levelsgis as 50%. It is corrosive which rapidly
destroys pipelines unless it is removed. Some camtexhniques for acid gas removal include
absorption processes, cryogenic processes, adsoppticesses and membrane separation.
Membrane gas separation techniques were firstdoted in the 1980’s, and since then
membrane based gas separation has developed3$atOanillion per year business (Kookos,
193). Membranes are increasingly being used inieggdmns which have larger flow rates and
high CQ content.

The total worldwide consumption of natural gasoigghly 95 trillion scf/yr. The
increased consumption of natural gas is the dfiveinnovative technology due to the high cost
of equipment which is roughly $5 billion per yeadowever, membranes have less than five
percent of this market (Baker, 2109). This papenrsarizes current natural gas processing,
membrane theory, optimization of membrane netwarida cost analysis between an amine
unit and a three membrane network.

2. Natural Gas Processing

Current natural gas processing techniques requitarder of steps prior to consumer
usage. Although raw natural gas is primarily cosgzbof methane, other impurities such as
hydrogen sulfide, carbon dioxide, nitrogen, watgpar and helium are also present. Moreover,
raw natural gas is commonly mixed with hydrocarbsmsh as ethane, propane, and butane

which are valuable by products when separatedr Ryithe distribution of natural gas, it must



be processed to meet federal regulations whichfggee composition of the sale gas.
According to these pipeline regulations, the sale must contain less than 2% carbon dioxide
and trace amounts of water vapor, hydrogen sulfideggen and other hydrocarbons. These
stringent guidelines are aimed at reducing pollugamissions as well as reducing the amount of
corrosive components like carbon dioxide and hyenogulfide from damaging pipe lines.

The series of steps involved in natural gas pracgsonsist of oil and condensate
removal, acid gas removal, dehydration, nitrogg¢ecten, natural gas liquid separation, and
fractionation. In order to transport and proaessiral gas, the oil in which it is dissolved irsha
to be removed. This typically takes place at or iea well head. In some instances, the
separation of natural gas and oil will occur oroie during production due to decreased
pressure. In this case, a conventional separaas tne force of gravity to separate the natural
gas from the oil. However, sometimes specializad@ygent such as a low temperature separator
is used to remove any oil from the natural gasis plece of equipment uses pressure
differentials throughout different sections of 8eparator creating temperature variation. As a
result, oil and some water vapor are condensedfdbe wet gas stream. Once this separation is
achieved, the raw natural gas is sent to an agdegaoval unit also known as an amine unit.
Here the natural gas which contains relatively heylels of carbon dioxide and hydrogen sulfide
is treated with an amine solution. As the sourrgas through the tower, carbon dioxide and
sulfur are removed because of the amine solutiaffi'sity for the two. The most commonly
used amine solutions are monoethanolamine (MEA)dstthanolamine (DEA). Typically, the
sulfur which was removed from the sour gas is seatClaus unit where it is converted into
elemental sulfur. After the natural gas has be&eretened, it is sent to a dehydration unit to

remove the existing water vapor using either adsmrr absorption. During absorption a



drying agent such as diethylene glycol or triethglglycol comes into contact with the wet
natural gas removing the water vapor. Adsorptidierd from absorption because a solid
desiccant which also promotes drying is used tecbthe water vapor from the wet gas onto its
surface. Next, nitrogen is removed from the natgas using a cryogenic, adsorption, or
absorption process. During cryogenic expansianie¢imperature of the gas stream is dropped to
around -120 °F using a turbo expander. This alleavse components in the gas stream to
condense while leaving methane in a gaseous stit®r to the sale of natural gas, the natural
gas liquids must be removed using either a cryagexpansion process or absorption process.
Once the natural gas liquids have been recoveoad fine gas stream, they are sent to a
fractionation unit in order to separate the by-picidnto its individual constituents such as
ethane, propane, and butane. The technology useatunal gas processing has not seen much
change in the past few decades; however, advancegural gas production may prove

beneficial to this industry.

3. Membrane Theory
A membrane separation process is used to seafegel mixture containing two or more

species through the use of a semi-permeable barniere one species moves faster than the

Feed ~—pr--qr-m-mpemmmmemi e es 4 — Retentate

Membrane

----------------------------- » — Permeate

Figure 1. Basic membrane model (Sikavitsas)



other. Figure 1 depicts the most general membreparation process in which the feed is
separated into a retentate and permeate. Theattestermed the slow gas as it does not pass
through the membrane while the permeate is termedbist gas as it passes through the
membrane. The following membrane theory was retexérfirom Seader and Henley.

Mass transport through membranes is describeddiysH.aw
D.
N; = i(cio — Ciz) (1)

whereN; is the molar flux of speciesb; is the diffusivity of component i,,, is the membrane
thicknessg;, is the concentration of component i at the feedhbbrane interface andg; is the
concentration of component i at the permeate memedrderface (see Figure 2). However,
Fick’s Law is not valid at the interface. Therefateermodynamic equilibrium is assumed so

that Fick's Law can be related to the partial puess through Henry’s Law

Hip = “/p. ?)

C.
Hy = ""/p, 3)

where the subscriptsandL refer to the feed membrane interface and memlpamaeate
interface, respectively; is the concentration of componenpj,is the partial pressure of

component i andt; is solubility constant.
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Figure 2. Membrane concentration profile (Sikavitsas)



AssumingH; is independent of the total pressure and thatetimperatures at both interfaces are
the same, then

Hy, = H;, = H; (4)
Combining equations (1), (2) and (4)

H;D;
N; = —(Pio — Pir) (5)

lm
Neglecting external mass transfer resistances
Pir = Pio (6)
PiL = Dip (7)
where each variable is shown in Figure 2.

Substituting equations (6) and (7) into (5) gives

H;D; Pumi
N; = . (Pir — Dip) = ﬁ (Pir — Dip) (8)
where
Py; = H;D; 9

whereP,; is the permeability an8,; /1, is the permeance.
A high flux can be achieved with a thin membrane arigh feed side pressure. Therefore, an

ideal membrane would have a high permeance anddiggh separation factor(also known as

selectivity).
va/xa)
= 10
%aB (vg/xB) (10)



whereA andB represent componentg, is the mole fraction in the permeate ands the mole

fraction in the retentate. For a binary gas mixture

HaD

Ny = ?MA (xaPr — YaPp) (11)
HgD

Ng = fMB (xgPr — ypPp) (12)

whereP; is the feed side pressure apdis the permeate side pressure. The ratig,ab Nz can
then be described by the ratioygfto yg

Ng _ ya _ HaDa (x4aPr—yaPp)
Ng yp  HpDp (xpPr—YBPp)

(13)

If the feed side pressure is much greater thapeéhmeate side pressure the following results.

Ng _ ya _ HaDa (xaPp) _ HaDpxpy

Ng ygp  HpDp (xpPr)  HpDpxp

(14)

Rearranging equation (14) and substituting in aqod®) yields the ideal separation factor.

_ Wa/xa) _ HaDa _ Py, (15)
(yg/xp)  HpDp  Pumy

daB

Therefore, the selectivity is the ratio of the cament’s permeabilities.
4. Membrane Modules

Membrane for gas permeation can be found in orleeofollowing modules: hollow fiber
or spiral wound. Both types of membrane modulegpearduced and neither one has been
deemed better than the other. Table 1 is a congmaofkthe characteristics of these two modules.

Table 1. Comparison of membrane modules (Seader, 502)

Spiral-Wound Hollow-Fiber
Packing Density, mz/ m? 200-800 500-9,000
Resistance to fouling Moderate Poor
Ease of cleaning Fair Poor
Relative cost Moderate Low
Main applications D, RO, GP, UF, MF D, RO, GP, UF

D=Dialysis, RO=Reverse Osmosis, GP=Gas Permeation, PV=Pervaporation, UF=Ultrafiltration, MF=Microfiltration



4.1 Spiral-Wound

Spiral wound modules are the least common modutésh compose less than 20% of
membranes formed (Baker, 1395). Although they tekigher production cost ($10-10Fm
this is compensated for by their high permeanceflandBaker, 1395). Another advantage of
spiral wound modules is their ability to use a widege of materials compared to hollow fiber
modules. Lastly, spiral wound modules are morestast to plasticization, resulting in a longer

life span.
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Figure 3. Spiral wound membrane module (Dortmundt, 7)

4.2 Hollow-Fiber

Hollow fiber membranes are the most common typ@adule. Hollow fiber modules
have a greater packing density, i.e., more membmeage per unit volume, than spiral wound
modules. Hollow fiber modules have a higher packiagsity because fine fibers can be used in
the module, therefore allowing more fibers and thimsgher packing density. As a result, hollow

fiber plants are typically smaller than spiral wdyslants. Also, hollow fiber membranes tend to



have a lower flux than spiral wound membranes bex#uwe layer through which the gas
permeates is thicker.

The low cost ($2-5/A) of hollow fiber modules makes it advantageous @piral wound
modules (Baker, 1395). Although the low cost ofldwlfiber modules might be appealing,
membrane modules only make up about 10-25% ofotiaé pplant cost (Baker, 1395). Therefore,
reductions in the membrane module cost may notfgigntly reduce the overall plant cost.

Lastly, hollow fiber membranes have the seleaésitind flux required. The major
problem is the low reliability of these membranassed by fouling. Moreover, hollow fiber

modules require more careful and expensive tredtineavoid these problems.
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Figure 4. Hollow fiber membrane module (Dortmundt, 8)

5. Commercially Available Membrane Material
Although several types of materials used in memégaexist, it is essential that the
material used be appropriate for the applicatiSome parameters to consider when selecting an

appropriate material are selectivity, cost, andadility. In general, the major cost factor in



membrane networks is not the material. In the chsatural gas processing, the membrane
material must be able to withstand the operatingltmns. For example, the material of interest
should be able to remain stable in the presenceraponents such as benzene, toluene,
ethybenzene, and xylene. Even though it is nat&por membrane networks to operate under
substantially high flow rates compared to curratural gas processing units, the material’s
performance should not be hindered by varying dam such as temperature, pressure and gas
composition.

A membrane material’s degree of selectivity isc@Ufor adequate separation to occur.
A common membrane material used in industry is kmaw cellulose acetate. One of the
reasons it is favored in industry is because itehbgh selectivity for carbon dioxide over
methane, and it is stable in the presence of nrgsinec solvents. Membrane materials used for
natural gas processing are classified accordiigedype of polymer in which they are
constructed from. In the case of cellulose acethgepolymer which comprises this material is
known as a glassy polymer. The structure of a glpes/mer is rigid and tough because it is
below the glass transition temperature. As a tethd polymer chains have limited mobility
causing the membrane to discriminate between miglediased on size. Furthermore, polymers
above their glass transition point are termed roppelymers. Some examples of commercially
available rubbery polymers are silicone rubber @amite block co-polymers. Rubbery polymers
differ from glassy polymers in that the polymer iciseare more mobile and the material is more
elastic. This difference allows membranes compa$edbbery polymers to separate
components based on condensability. Condensailsilihe ease at which a gas is able to
transition from a gaseous state to a liquid state the surface of the membrane material

allowing it to be collected separately. In ordedetermine the type of polymer which is best

10



suited to separate a desired component from a gdsre) it is vital to evaluate the physical
properties of the polymer. For example, glassypels are typically used to separate carbon
dioxide from methane because they separate bassdenHowever, rubbery polymers can be
used when one component condenses more readilatitaher which is the case for the
separation between hydrogen sulfide and carbondi#oxThe properties of the membrane
material are crucial in determining its performaraegree of selectivity, cost and durability.
6. Investigated Membrane Material

Cellulose acetate is one of the most common polymsed in membrane material for
natural gas processing, but compared to other iilgpated material its selectivity for hydrogen
sulfide over methane is inferior. Some examplesent polymeric membranes include
polydimethylsiloxane, pebax, poly(ether/ester uaaty), poly(sulfone), and poly(butadiene).
These polymeric membranes have been studied fgruitpose of acid gas applications and
based on some experimental results have a sigmiifycaigher selectivity for hydrogen sulfide
compared to cellulose acetate. In a study conduotéetermine the permeation behavior of
CO,, H,S and CH in poly (ester urethane urea), selectivities obAd8 16 were measured for
H,S/CH, and CQ/CH4; (Mohammadi 7361). At the same experimental e, the
selectivities for HS/CH, and CQ/CHjy in cellulose acetate were 22 and 19 (Mohammadi )/ 36
These results demonstrate the potential for polygmeembranes in acid gas removal, but some
draw backs such as plasticization and thermallgtabave postponed further implementation.
Plasticization occurs when the polymer within thenmbrane begins to swell due to the sorption
of carbon dioxide. This decreased performance salrgemembrane to lose its selectivity
properties. These issues have accelerated funbyestigation into plasticization resistant

material. Based on recent studies, silver incotgdraebax was shown to be resistant to
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plasticization and its measured selectivities f@LICH, and BS/CH, were 13 and 50 (Sridhar
8144). The addition of silver to pebax enhancedesof its properties such as its diffusive
selectivity which favors the transport of @®oreover, this material demonstrated hydrophilic
behavior and was able to remove water vapor ilg#semixture at a relatively rapid rate. Other
issues with polymeric membranes are the two oppasfifects of high feed pressures on the
permeation rate inside the membrane. The incrdaseldpressure can increase the free volume
available, thus increasing the permeation ratewé¥er, increased feed pressure also provokes
membrane compression which decreases the free eamoh decreases the permeation rate.
Recent studies have been conducted to addressissass and with further exploration into
these limitations solutions are bound to arise.
7. Membrane Advantages
High Concentration Gas

Membrane plants are more efficient at treatindnfugncentration gas streams than lower
concentration gas streams. A membrane plant debsigrnieeat 5 million scfd of gas that contains
20% carbon dioxide would be less than half the sfzzmembrane plant designed to treat 20
million scfd of gas that contains 5% carbon diox{Beker, 2113).
Small Gas Flow

Membrane plants have simple flow schemes, whickentlzem preferable when
processing small gas flows. Also, membrane plamistware processed at lower flow rates of
less than 20 million scfd of gas are designed abdperators are not needed (Baker, 2113).
Lower Capital Cost

Membrane systems are housed in skids. Skid moumésabrane plants allow for more

area to be packed into a smaller volume as showigimre 5. Therefore minimal cost and time
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Figure 5. A CO, membrane separation plant. Thisisa 9
million scfd membrane plant designed to reduce a 6%
CO, gas to 2%. (Baker, 2113)
are necessary to prepare the site. Moreover, lastal costs are significantly lower than those

for alternative technologies.
Operational simplicity

Single stage membrane systems are very simplpaxate because they require minimal
downtime. If upsets do not occur, they are ableperate unattended for a significant amount of
time. While single stage membranes do not reqaaf@irsg, multiple stage membrane systems
only require a minimal amount. Multiple stage meama functions, such as start up, operation
and shutdown, can be easily controlled from a cbmtrom.
Space efficiency

Figure 6 displays the space efficiency of skidemibrane units can be assembled into
compact modules, resulting in minimal space requénets. Membrane skids are advantageous

and very common on offshore environments whereesp#iency is necessary.

13

.53k e
Figure 6. The skid in the lower left replaced all the
units to the right (Dortmundt, 25)



Design Efficiency

Dehydration and C£and HS removal are integrated into one operation in nramd
systems. In traditional COemoval technologies, these operations are pedaimmultiple
stages.
Reduced Power & Consumption

Membrane systems greatly reduce the electric pawéifuel consumption compared to
conventional separation techniques.
Eco-friendly

Membrane systems are environmentally friendlyhasgermeate gases can be re-injected
into the well or used as fuel.
8. Membrane Disadvantages
Plasticization

Membrane materials absorb 30-50°@hCO,/cm® polymer. This results in a sharp drop
in the polymer glass transition temperature ancefoee a decrease in selectivity (Baker, 2114).
Physical Aging

The glassy polymers are in a non equilibrium saaie over time the polymer chains
relax, resulting in a decrease in permeability @ak114).
High Skid Cost

The cost of the membrane is a small fraction eftdtal skid cost. The membrane module
cost often only makes up about 10-25% of the wwaat (Kookos, 193). Moreover, reductions in
membrane cost may not significantly change thd pd#at cost. Skid costs are high because of

the large required compressor power. One way teldiae membrane skid cost is to increase the
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permeance of the membrane. This allows a smallenbreme area to be used to treat the same
volume of gas. Another way to lower the membrane sést is to increase the feed gas pressure.
As a result, the area and skid size is reducedsé&prently, this increases the energy
consumption as larger compressors are necessary.
9. Membrane Applications

Within the past fifty years, membrane technologg been used in a myriad of
applications such as reverse osmosis, gas sepgratid alcohol dehydration. It was in the mid
1960’s that a common membrane material today, loskuacetate, was used to desalinize
saltwater to produce drinkable water with less tha@ ppm of solids (Seader, 493). Later in
1979, Monsanto Chemical Company used hollow-finbembranes comprised of polysulfone to
enrich streams containing hydrogen and carbon de(beader, 493). Furthermore, the
commercialization of alcohol dehydration led to tls® of membrane technology as well as the
need to remove metals and organics from waste aeader, 493). Although membrane
networks have been used in a variety of fashioms,af the more pertinent applications has been
its introduction into natural gas processing.

Due to the high volume of natural gas consumeddwade, ~95 trillion scf/yr, natural
gas processing is one of the largest industriakgaaration applications (Baker, 2109).
Membrane processes make up less than five perteatwal gas processing equipment. One of
the primary reasons membrane processes are ugsatunal gas processing is for carbon dioxide
removal. Therefore, membrane technology competestly with amine units which are
primarily used to remove corrosive components sicbarbon dioxide and hydrogen sulfide.
Amine units are well received in the natural gazcpssing industry; however, many limitations

such as high maintenance issues and well monitgetating procedures restrict the use of
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amine treatment units in remote locations. In1880’s, the use of membrane networks for
carbon dioxide removal became appealing in rem@&asawvhere constant monitoring was not
available. Some of the first companies to opesateembrane system to separate carbon dioxide
from natural gas were Grace Membrane Systems, &epmrd Cynara (Baker, 2110). At this
time, one of the most commonly used polymers wHslose acetate, but within the past ten
years other membrane materials such as polyimiteneoss and perfluoropolymers have
challenged its use. Recent advancements in membeahnology have made its
implementation more attractive, but this technologiyains limited.
10. Amine Unit

As mentioned before, amine treatment units areclyi used to remove corrosive
components in natural gas namely carbon dioxidehgddogen sulfide. The details of this
process will be discussed in order to provide ap@mensive view of this unit. Moreover, the
inner workings of the amine treatment unit are seagy to understand the assessment of this
unit with the investigated membrane network. ypidal process flow through an amine
treatment unit can be seen in Figure 7. Firststhe gas enters an inlet separator which
removes any liquids or solids present in the gadure. Once the sour gas leaves the inlet
contactor it enters the bottom of the contactorneliiecontacts an amine solution. During this
contact, components in the acid gas react witlathime solution to form a salt. The gas
continues to move up the column and the sweeteag@xts at the top of the column where it
passes through an outlet separator. Next, thetemed gas must go through dehydration to
remove the excess water. The sweetened gas asdlgough a water wash in order to recover
any vaporized and entrained amine solution. Téteamine solution exiting the contactor enters

a flash drum to remove the remaining hydrocarbdifter leaving the flash drum, the rich
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amine solution passes through an exchanger whabsdarbs heat. This heated amine solution
flows into the mid section of the stripper whereltpgen sulfide and carbon dioxide are
removed. Once this is completed, the lean soldéawmes the bottom of the stripper and passes
through the rich/lean exchanger and then to adeater. The lean solution is cooled down to a
temperature that is about 10 °F warmer than tle¢ gds to the contactor to remain above the
hydrocarbon dew point. Finally, the lean solutieturns to the contactor to repeat the cycle.
The acid gas that is stripped from the amine smhugixits the top of the stripper where it
passes through a condenser and separator to eostréam and recover water which is returned
to the stripper as reflux. It is common for thedagas leaving the stripper to be vented,
incinerated, sent to a Claus unit, compresseddier, sr re-injected into a reservoir for oll
recovery (Engineering Data Book 21-9). This apph for acid gas removal is widely used in
industry because it is provides adequate @@l HS separation at a relatively low cost.
However, at smaller flow rates this method mayb®the most economically feasible and will

be assessed in subsequent sections of this report.
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Figure 7. Amine unit process flow diagram



11. Development of Model

11.1 Comparison between GAMS and Excel results

The initial step in modeling countercurrent flowtire membrane network was to

perform a single membrane simulation in a progratted GAMS. GAMS is a general algebraic

modeling system which allows the user to set upries of sets, parameters, equations and

bounds in order to minimize or maximize a functafnnterest. A basic membrane simulation

was created in GAMS with the equations shown inldakand Figure 8 displays the variables

and the membrane orientation. A more detailed gegmn of these equations is presented in

subsequent sections.

Table 2. Single membrane simulation equations

Flixe Through Membrane
Shell Side Component Balance

Tube Side Component Balance

Shell Side Component Mole Fraction

Tube Side Component Mole Fraction

Total Flow Shell Side

Total Flow Tube Side
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Figure 8. Membrane representation (Kookos, 196) side
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The following graph was produced from the simulatiesults.
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Figure 9. GAMS membrane simulation results

As expected the molar composition of £@ll decrease along the tube side as the CO

permeates through the membrane to the shell seléhédCQ composition decreases on the tube

side, the composition of CHill increase. These results are supported inrei§u

The equations from Table 2 were then implememsalkxcel to verify the GAMS

results. The following graphs produced from thedbstmulation also confirm the validity of the

GAMS simulation. A comparison of membrane conceiungprofiles were constructed ranging

from compositions of 0.9 CHand 0.1 C@to 0.5 CH and 0.5 CQfor both the tube and shell

side.
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Similar concentrations profiles between Excel a#dMS were also observed for the remaining
three concentrations mentioned above. Therefooanitbe assured the equations are correct
when implemented into the GAMS membrane networlutation.
11.2 Membrane Simulation Model

The objective function of interest for this modeaimed at minimizing the annual
process cost which will be described later on is siection. The mathematical model used to

describe the hollow fiber membrane simulation wasel from a paper written by lonannis K.
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Kookos. The following equations for counter cutréow are valid under the assumption that
each segment has uniform properties, the gasad, ithe process is at steady-state and is
isothermal, and there is no pressure drop acresgdimeate side (Kookos, 196). Furthermore,
the permeabilities of each component are considayadtant and independent of concentration
and diffusion does not occur in the axial directfiookos, 196). Also, this model does not take
the deformation of the membrane fibers into consitien. The equations below describe how
the membrane is modeled in GAMS as well as Excel.

Flux Through a Membrane

Ak jm = Qmj X jmPr = Xiew1,jmPr) : (16)
WheredJ, ;  is the flux of component j at a given segment f@nmbrane m anQ,, ; is the
permeability of component j and is dependent onmieenbrane material. This value is set as a
parameter and was obtained for each of the comp®nenellulose acetate from literature.
Moreover,x,’;j,m is the mole fraction of component j on the tubesitla given segmemy, is

the tube side pressure for membranexjn, ; ., is the mole fraction on the shell side at the
previous segment k+1, aiyi is the pressure on the shell side for membranehma.pfessures

on the tube and shell side for this program are s¢$ as parameters and were obtained from
literature. The membrane is split into segmentlwhre denoted by k because evaluating the
membrane as a whole may yield erroneous resuliistrés approach has a simpler mathematical
basis.

Shell Side Component Balance

flf,j,m = fks—l,j,m + d]k,j,mdA (17)

21



Wheref; ; ,, denotes the flow of component j on the shell side given segmentf;”_, ; ,, is the
flow of a component j on the shell side at the ey segment, andl4 is the active area of the
membrane.

Tube Side Component Balance

fkt,j,m = fkt+1,j,m - d]k,j,mdA (18)
The above equation is essentially the same asieqyab), but deals with the flow on the tube
side. Moreover, the feed to the membrane is onulbe side; therefore, as flow travels across
the membrane a portion of this flow is lost to ¢hell side which is indicated by the (-) in this
equation.

Shell Side Component Mole Fraction

S flij,m
P A— 19
k,jm Zj f’;s'm ( )

Wherex;, ; ., is the mole fraction on the shell side and is dbedras the quotient of component
J's flow rate to the total flow rate on the shetle.

Tube Side Component Mole Fraction

ff ,
t k,jm
X1 : = =L 20
J: Z:j}kt,m ( )

The above equation described is essentially the senequation (19), but applies to the tube
side.

Total Flow Shell Side

TFSkm =2 fim (21)
WhereTFSy ,,, is the total flow on the shell side across allnsegts and membranes and is the

sum of all component flow rates across all segmamt#smembranes.
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Total Flow Tube Side
TFTem =X fim (22)
This equation is the same as equation (21), butespio flow on the tube side.

Based on the program, there are several versiahe d&ransport equation and component
mass balance equation on the tube and shell Side.overall equations which are described
above are the same, but there are upper and lawerds that are specified. These constraints
(M) allow the program to search for a result tisagither above or below the given constraint.
The constant which is selected is arbitrary, businine large or small enough so that the left
hand side of the equation does not reach this véligeessential that the user understand the
overall program in order to properly specify thesastants.

11.3 Mixer and splitter balances

Feed Balance

Fi = Ymfmjm (23)
WhereF; denotes the feed flow rate of component j Ang ,,, is the flow rate of component j to
membrane m from the feed.

Feed Proportion

EXifmm=fmimXi F (24)
Wherefm, ,,, is the total flow rate to membrane m from the faadF; is the total feed flow
rate.

Retentate Balance

Yk retentateouty jm = Yma fTMjmma t+ frout;, (25)
Wherefrm; ,, mqa denotes the retentate flow rate of componentmfreembrane m to ma and

frout; ., is the retentate flow rate of component j from rbeame m.
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Retentate Composition

Y retentateouty jm = 1Cjm Xk, retentateouty m, (26)
Whererc; ., denotes the retentate composition of componeohj imnembrane m and
retentateouty ; ,, is the total retentate flow rate of segment k frmembrane m.

Retentate to Membrane Proportion

frm jmma = TCim Xf My mma (27)
Wherefrm, ,, mq denotes the total retentate flow rate.

Permeate Balance

permeateout;, = Yma fPMjmma + fPOUL) 1 (28)
Wherefpm; ., ma denotes the permeate flow rate of component j freembrane m to ma and
fpout; , is the permeate flow rate of component j leavirggnhrane m.

Permeate Composition

DCjm = XSco,,jm (29)
Wherepc; ,, denotes the permeate composition of componeat) fnembrane m an, ; ., is
the shell side mole fraction in segment 1 for congrd j of membrane m. Segment 1 is used
because it is the last segment the gas travelaghrbefore exiting on the shell side.

CO, Composition

0Utrc, < rCOMp Y, Outr; (30)
Whereoutrg,,is the flow rate of C@in the retentate streamgomp is 0.02 andutr, is the total
flow rate of the retentate stream.

Permeate to Membrane Proportion

fpmj,m,ma =DPCim Zl fpml,m,ma (31)
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Wherefpm, ., mq denotes the total permeate flow rate from membnane ma.

Mixer to Membrane

ftinjm = Fjm + Zma FrMmam + Zma fOMmam (32)
Whereftin;,, is the flow rate of component j to membrane m.

Total Retentate Out

outr; = Y, frout;, (33)
Whereoutr; is the final retentate flow rate of component j.

Retentate Out Proportion

froutj, =1cim X, frout;, (34)
Wherefrout, ,, is the total retentate flow rate from membrane m.

Total Permeate Out

outp; = Yo 00Ut 1 (35)
Whereoutp; is the final permeate flow rate of component j.

Permeate Out Proportion

fooutjm = pCjm 2 frOUt 1 (36)
Wherefpout, ,, is the total permeate flow rate leaving membrane m

Compressor Power

Retentate Power

n—1

Wrmy, ma = (Z} frmj,m,ma) (L) MLRTm l(Ptma)T . 1] (37)

n+1 2 Na Psm

WhereWrm,, n, is the work needed in the retentate stream fromionane m to ma, n is
Cp/Cv where Cp is the heat capacity at constarsispre and Cv is the heat capacity at constant

volume,Z;,, is the inlet compressibility factaZ,,,; is the outlet compressibility factoy, is the
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compressor efficiency, R is the gas constgptjs the inlet temperatur®t,,, is the tube side
pressure in membrane ma afyg, is the tube side pressure in membrane m.

Permeate Power

n-—1

mem,ma = (Z} fpmj,m,ma) (L) @iRTin I(T:::)T - 1] (38)

n+1 Na

WhereWpm,, nq is the work needed in the permeate stream frombreme m to ma anés,,
is the shell side pressure in membrane m.

Feed Power

n-1
(Ptm>n _1
Pfeed

WhereW fm,, is the work needed in the feed stream to membranadPfeed is the pressure

(39)

mem = (ijmj,m,)( - )@iRTin

n+1 Na

of the feed.
11.4 Objective Function

In order to design an optimal membrane systematimeial process cost should include
the capital investment associated with permeatwdscampressors as well as membrane
maintenance, utility cost and product loss (Hen3&), Moreover, the fixed capital investment
associated with this membrane design includesdbeaf the membrane housing; however, the
replacement cost of the membrane components isdayed an operating expense. Included in
the membrane housing is the cost of pipes, fittiagsl assembly (Henson, 76).
Annual Process Cost
F =F¢+ Epr + Fpe + Fye + Fyy (40)
The annual product cost is the sum of the capitatge, membrane replacement cost,

maintenance cost, utility cost, and cost due tapecbloss. Wheré,. is the capital charge
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(USDlyr), E,,,- is membrane replacement cost in (USD/¥p), is membrane maintenance cost in
(USD/yr), F; is utility cost in (USD/yr), and,, is the cost due to product loss in the permeate
(USDl/yr).

Fixed Capital Investment

Wep

Fre = fmn X Area + fop (41)

Ncp

The fixed capital investmetf} is a function of the membrane area and the corsprgmower.
Wheref,,; is the cost of the membrane housing which is eggohat $200/r2r,1fcp is the cost of
a gas powered compressor which is estimated atdgW), W, is the work of the compressor
andnp is the compressor efficiency which is estimated(® (Henson , 78).

Capital Charge

Foe = foc (U + fir) Fec (42)
The capital charge is estimated by annualizingikesl capital investment and the working
capital, f,,x, is taken as 10% of the fixed capital investmertie capital chargg.. is estimated
at 27% (Henson, 78).

Membrane Replacement Cost

Epr = fmr Y. Area (43)

T tm
The membrane replacement cost is determined bgoteto replace each membrane which is
estimated at $90/mthe membrane life which is estimated at 3 yeacsthe total area required
for the membrane network (Henson, 78).
Membrane Maintenance Cost
Fine = fthfc (44)

The membrane maintenance cgsf, is taken as 5% of the fixed capital investment.
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Utility Cost

fs twk
Fue = f}i—ncpz Vl/cp (45)

The cost of utilities can be determined in a nundievays; however, for this membrane
network gas powered compressors will be used fegutt the above equation. Whefig is the
price of the sale gas which is estimated at $35/K, is the working time which is assumed
350 days/year, and,, is the sales gas gross heating value which imetd at 43MJ/m
(Henson, 78).
Product Loss

Fp = fogtwemy (46)
The product loss is a function of the price of slaée gas, the working time and the total flow
rate,m,, of methane in the permeate.

The objective function described above takes sdweist factors into consideration such
as initial capital investment, maintenance andaggent cost, utility cost and cost due to loss
of methane in the permeate. Although other objediiinction could be implemented into the
model, this one was deemed most appropriate afdkgesufficient results.

11.5 Discrete Method

The discrete method is used in this model in otdeiescribe non linear equations in a
linear fashion. This is accomplished by dividihg tvariables into many segments and setting
upper and lower bounds on the discretized variallésreover, this method allows continuous
variables to be defined as parameters throughatit @athe designated segments. The discrete
method was implemented into our program for themmment material balance on the shell and

tube side, component mole fractions on the shelltabe side, retentate and permeate flow from
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one membrane to the other, and the final reteatadepermeate flow rates out of the membrane
network. Below are some examples of how thesetemsawere discretized.

Lower Bound Component Flow Rate Tube Side

ft(k,j,m) = G = sigT (k, m)dxt(d) — 100(1 — yt(k, j, d, m)) 47)
% > dxt(d) — M (48)
Upper Bound Component Flow Rate Tube Side

ft(k,j,m) = L = sigT (k,m)dxt(d + 1) + feed(j)(1 — yt(k,j,d, m)) (49)
Si% < dxt(d) + M (50)

The actual equations represented in the GAMS mar@ée{47) and (49), and their simplified
versions are (48) and (50). The parameétgr(d) is known as the discrete variable in this model
and is divided into many segments. In order totiflethe segment interval, a binary variable,
yt, is used to designate this location. The constéith is100or M in this case is referred to
as a constraint because the left hand side ofghat®n must be greater than this value. The
same concept applies to equations (49) and (50)epuesents the upper bound. This ideology
was applied to other equations in the model, butife sake of brevity will not be discussed
further.
12. Results

After assessing the two, three and four membratweanks, the three membrane network
was deemed optimal. Below are results which indiedtich networks achieved the least amount
of methane lost, lowest utility cost, and lowest@al processing cost. In addition, the process
flow diagrams for each case are shown later ingbddion and display the resulting mole
fractions in the primary streams. The appendipldiss more detailed process flow diagrams

which provide the mole fractions for each strearthexmembrane network. Using the three
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membrane network, a comparison between this syatehan amine unit was performed at
varying flow rates with 19% C£O The results for the 3 membrane network at 23&dyhr
were scaled up to higher flow rates which were nocoraparable to industry. Based on these
results, membrane networks have a lower total draeagiacost at flow rates less than 270
MMscfd compared to amine units.
12.1 Comparison Between Various Membrane Networks

As Table 3 indicates, each simulation providedawerall process cost, area, compressor
work and methane lost. Although the compressor iarkhe three membrane network is the
highest of the three the overall annual processuosg was the lowest. This result is because the
three membrane network has the lowest methanevtush is a factor in the annual process cost.
Even though the area of the three membrane netiwonkich higher than the area of the two
membrane network, the cost of the membrane is nwdjar contributing factor in the annual

processing cost.

Table 3. Comparison between two, three, and four membrane networks at 79 Ilbmol/hr
Objective Function ($) Area(m?) W, (KW) % CH,4Lost

2-Membrane Networ k 163,000 160 0.42 11.2
3-Membrane Networ k 130,000 435 80 7.77
4-Membrane Networ k 130,000 435 80 7.77

12.2 Assessment of Amine Unit to Membrane Network

The overall objective for this assessment was terdene in which instances the
investigated membrane network is more economidedigible than an amine unit. The results
indicate that the membrane network has a lowel émtaualized cost than the amine unit at flow

rates less than 270 MMscfd at 19% £ ®urthermore, the operating cost for the membrane
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network is smaller than the amine unit’s at flowesaless than 270 MMscfd. For the second case
study using the Williams concentration at 9% Ci©Owas found that the membrane network had
a lower total annualized cost at flow rates less1th50 MMscfd. The operating cost for the
membrane network is also lower than the amineatrthis flow rate. The primary utility

involved in the membrane network is the compressatdower flow rates, the work required

for the compressors does not exceed the utilideari amine unit. However, at higher flow
rates the work increases dramatically causing pieeating costs for the membrane network to
exceed that of the amine unit. The utilities reggdifor an amine unit consist of compressors,
heat exchangers, reboilers, and condensers whsalt re an overall higher utility cost. In the
case of lower flow rates, the membrane networkamagverall smaller total annualized cost and
operating cost.

Although much investigation has been done studthegeconomics of membrane units
versus amine units, these case studies were catcesith determining how well a membrane
network would improve these results. From Figuretthé superimposed lines from case study 1
(19% CQ) demonstrate at which flow rates and £Oncentrations membrane networks
compete with amine units. These results indicadértiembrane networks are capable of
processing natural gas with high €&ncentration at higher flow rates than membramesu
Once this upper flow rate limit is reached, itessmmended that membrane networks be used in
conjunction with amine units. Although membranenweks have much potential, existing
limitations such as compressor work and membrarterrabhave restricted its use in high flow

rate applications.

31



Table 4. Economic analysis of an amine unit and a membrane network at 19% CO,

Flow rate FCI ($) Operating TAC ($/yr)
(MMscfd) Cost ($/yr) 15 yr.
Membrane 2 405,000 175,000 202,000
90 31,000,000 13,000,000 15,000,000
180 61,000,000 26,000,000 30,000,000
270 92,000,000 39,000,000 45,000,000
360 123,000,000 52,000,000 60,000,000
455 153,000,000 65,000,000 75,000,000
550 184,000,000 77,000,000 90,000,000
Amine 2 632,000 490,000 532,000
90 3,700,000 21,000,000 21,000,000
180 6,600,000 30,000,000 30,000,000
270 9,200,000 37,000,000 38,000,000
360 11,500,000 43,000,000 44,000,000
455 14,000,000 49,000,000 50,000,000
550 17,000,000 54,000,000 55,000,000
N $100,000,000 -
§ $90,000,000
n $80,000,000
= $70,000,000
& $60,000,000
% g $50,000,000
2§ $40,000,000 —=Membrane Network
'§ ® $30,000,000 == Amine Unit
S $20,000,000
g $10,000,000
® S0 . : . . . : .
2

0 100 200 300 400 500 600 700

Flow rate (MMscfd)

Figure 14. Total annualized cost versus flow rate for an amine unit and a membrane network at 19%
co,



Table 5. Economic analysis of an amine unit and a membrane network at 9% CO,

Flow rate FCI ($) Operating TAC ($/yr) 15
(MMscfd) Cost ($/yr) yr.
Membrane 90 18,000,000 9,000,000 10,000,000

180 36,000,000 18,000,000 20,000,000
270 55,000,000 27,000,000 31,000,000
360 73,000,000 36,000,000 41,000,000
455 91,000,000 45,000,000 51,000,000
550 109,000,000 54,000,000 61,000,000

Amine 90 5,000,000 12,000,000 12,000,000
180 6,000,000 17,000,000 18,000,000
270 7,000,000 22,000,000 22,000,000
360 8,000,000 26,000,000 26,000,000
455 10,000,000 29,000,000 30,000,000
550 11,000,000 33,000,000 33,000,000

N $70,000,000 -

©

[J]

5 $60,000,000 -

S $50,000,000 -

&

£ 5 $40,000,000 -

S8
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N

'—é $20,000,000 - —«— Amine Unit
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% $10,000,000 -
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Figure 15. Total annualized cost versus flow rate for an amine unit and a membrane network at 9%
co,
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Figure 16. Existing cost comparison between an amine unit and a membrane unit

13. Recommendations

An optimum membrane network was determined to sbrdithree membranes.
Membrane networks with flow rates lower than 270 d&ifdl at 19% C@and 150 MMscfd at
9% CQ have been recommended for 4@®moval as opposed to an amine unit. However,
membrane networks processing natural gas with l@@rcontent do not compete as well with
amine units at higher flow rates. Membrane netwane more useful in applications where
natural gas containing high GOoncentrations must be processed. At highey CO
concentrations, membrane networks are able to cempth amine units at higher flow rates

compared to applications with lower g€bncentrations. It is recommended that membrane
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networks be utilized at flow rates less than 270 $4f with 19% CQ Above these flow rates,

membrane networks should be used in conjunction antamine unit to remove GO
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Figure 17. Two membrane network at 79 Ib-mol/hr with 19% CO,
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Appendix |
Sizing and Cost of an Amine Unit

In order to compare the equipment cost, fixed ehpivestment, working capital, total
capital investment and the utility cost of an aminé versus a membrane network, a simulation
package known as Pro-1l was used to develop aneaariit model. The program was able to
give us information regarding the diameter and sgcing for each distillation column, the
overall heat transfer coefficient for each heataxger, pump capacity, and the heat duty for the
distillation column. Based on these results, eaebepof equipment was sized according to

equipment pricing charts in Plant Design and Ecdnsrior Chemical Engineers

Distillation Column

Once the simulation was completed, an estimateildmgalue for the diameter and tray
spacing for each column was reported. Based onuhber of trays in the column which was
chosen and the tray spacing, the height of eachmookan be determined. Using figure 15-11

from Plant Design and Economics for Chemical Englige¢he cost of the column can be

estimated from the vertical height and diametahefcolumn. Moreover, materials other than
carbon steel have adjustment factors which musilen into consideration. However, carbon
steel was used for the external material so thissadent was not necessary. The estimated cost
for the trays was found in figure 15-13 and is ldase the column diameter as well as the type
and material of the tray. For this applicationyearays were selected using stainless steel.
Stainless steel was chosen because the traysomk ento contact with an amine solution which

is extremely corrosive. Also, a quantity factouged to adjust the cost depending on the amount

of trays used for each column.
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Heat Exchanger & Valves
The information used to price the heat exchangerthva overall heat duty which was
reported as the product of the heat exchanger(bBi@d@tu/hr-F). Using table 14-5 from Plant

Design and Economics for Chemical Engineths overall heat transfer coefficient for each

exchanger can be estimated based on the type gdfawnt passing through the exchanger. For
example, some heat exchangers in the amine unitcoraact light organics where as others
contact water. Based on the design values forvkeatl heat transfer coefficient, the overall
area required for the heat exchanger can be detednirom figure 14-17, the cost of the heat
exchanger can be estimated based on the totadadethe material. The material used for this
application was carbon steel. The cost for theaeslvas found in figure 12-8 and stainless steel
gate valves were selected for this design.

Pumps

The simulation in Pro-Il provided the capacity loe flow rate at the inlet of the pump which is

used to estimate the purchasing cost. From fig@r21 in_Plant Design and Economics for

Chemical Engineershe purchasing cost for the pump can be deternbasdd on the pump

capacity and the material used. Again carborl stag used and a pressure adjustment factor of
1.1 was accounted for.

MDEA Calculations

In order to get an accurate equipment cost, theuatrmaf MDEA needed for the initial start-up
was calculated. This value was determined by figdihe amount of hold-up on each of the trays
in the contactor and the regenerator as well abhakeup in the pipes. Furthermore, with each

cycle some MDEA is lost and must be replenisheas this cost was also considered.
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Note to reader

The tables below are for three different flow rateth 19% CQ. However, flow rates ranging

from 10,000-60,000 Ib-mol/hr for both 9% and 19%.,&@k detailed in an excel sheet.

Summary of Equipment and Utility Cost: 79 Ib-mol/hr

Table 6. Equipment cost for an amine unit operating at 79 Ib-mol/hr & 19% CO,

Operating
Columns Type No. of trays | Pressure | cost
Absorber Valve trays 6 250 psia | $15,334
Stripper Valve trays 12 16 psia | $32,736
Duty
Exchangers MOC (MMBtu/hr) | Area (ft2)
1 Rich amine / Lean amine Stainless Stgel 16.45 73965 $4,772
2 Lean amine / water Stainless Stekl 10.96 37.1916%2,651
3 Lean amine / water Stainless Stepl 6.098 28.1936%2,439
Pump MOC Power (HP)
Pump lean amine solution Stainless Stgel 130 $1,803
Valve MOC Diameter (m)]  Type
Rich amine expansion valve Stainless Stgel 0.2 | Flanged | $8 484
MDEA initial amt cost $552
Total $68,771
Table 7. Utility cost for an amine unit operating at 79 Ib-mol/hr & 19% CO,
Flow(1000 kg/hr) Price ($ /m3) Cost ($/yr
Cooling water 17.53959549 0.29 $42,726
Reboiler
(MMBtu/hr) Price ($/ MMBTU)
Natural gas as heating utility for reboile 2.73 5 $114,516
Duty (kW) Price ($ / kwh)
Electricity 4.42 0.062 $2,301.94
Flow (Ib/hr) Price ($/Ib)
MDEA Recycle 0.11917 1.54 $1,541.58
Total $161,086
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Summary of Equipment and Utility Cost: 127 Ib-mol/hr

Table 8. Equipment cost for an amine unit operating at 127 Ib-mol/hr & 19% CO,

Operating
Columns Type No. of trays | Pressureé |  cost
Absorber Valve trays 6 250 psia | $15,424
Stripper Valve trays 12 16 psia | $37,434
Duty
Exchangers MOC (MMBtu/hr) | Area (ft2)
1 Rich amine / Lean amine Stainless Steel 16.45 OBBIr2| $9,544
2 Lean amine / water Stainless Stdel 10.96 94.33716483,075
3 Lean amine / water Stainless Stgel 6.098 185.370131,242
Pump MOC Power (HP)
Pump lean amine solution Stainless Steel 130 $1,909
Valve MOC Diameter (m)|  Type
Rich amine expansion valve Stainless Steel 0.2 | Flanged | $8 484
MDEA initial amt cost $701
Total $80,813
Table 9. Utility cost for an amine unit operating at 127 Ib-mol/hr & 19% CO,
Flow(1000 kg/hr) Price ($ /m3) Cost ($/yr
Cooling water 44.80690133 0.29 $109,150
Reboiler
(MMBtu/hr) Price ($/ MMBTU)
Natural gas as heating utility for reboile 6.96 5 $292,374
Duty (kW) Price ($ / kwh)
Electricity 11.2611 0.062 $5,864.78
Flow (Ib/hr) Price ($/Ib)
MDEA Recycle 0.11917 1.54 $1,541.58
Total $408,930




Summary of Equipment and Utility Cost: 238 Ib-mol/hr & 19% CO,

Table 10. Equipment cost for an amine unit operating at 238 Ilb-mol/hr & 19% CO,

Operating
Columns Type No. of trays [ Pressure Cost
Absorber Valve trays 6 250 psia [ $27,932
Stripper Valve trays 12 16 psia | $53,235
Duty
Exchangers MOC (MMBtu/hr) | Area (ft2)
1 Rich amine / Lean amine Stainless Stgel 16.45 0B085( $15,907
2 Lean amine / water Stainless Stgel 10.96 113.8808%4,242
3 Lean amine / water Stainless Steel 6.098 86.31%0863,712
Pump MOC Power (HP)
Pump lean amine solution Stainless Steel 130 $2,651
Valve MOC Diameter (m|  Type
Rich amine expansion valve Stainless Steel 0.2 Flanged | $8484
MDEA initial amt cost $871
Total $117,033
Table 11. Utility cost for an amine unit operating at 238 Ib-mol/hr & 19% CO,
Flow(1000 kg/hr) Price ($ /m3) Cost ($/yr
Cooling water 53.48166714 0.29 $130,281
Reboiler
(MMBtu/hr) Price ($/ MMBTU)
Natural gas as heating utility for reboile 8.311611536 5 $349,088
Duty (kW) Price ($ / KWh)
Electricity 13.62 0.062 $7,093.30
Flow (Ib/hr) Price ($/Ib)
MDEA Recycle 0.23834 1.54 $3,083.17
Total $489,545
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Pro-ll Verification
A Pro-Il simulation was performed for all resultingembrane networks. This was done
in order to verify the compressor work as it is @an contributing factor in the total cost. The

Pro-1l simulation for the 3 membrane network at &3&ol/hr is shown in the following figure.

[

Figure 22. Membrane network simulation
The following table is a comparison of the compoesgork found from our model and Pro-II.

Table 12. Compressor work comparison

Model Work (kW) | Pro-1l Work (kW)

c1 82.1 82.9
c2 39.1 39.5
c3 8.3 8.4

ca 93.6 94.7
c5 445 442
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Amine Simulation

Figure 23. Amine unit simulation process flow diagram from Pro-I|
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Membrane Networks

79 lbmol/hr
19% CO,
73% CH,
1% H.S
7% CH,

Y
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120 m? I:.l
C E —
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0.42 kW
40 m®
G

Figure 24. Two membrane network at 79 Ib-mol/hr with 19% CO,

Table 13. Two membrane network molar compositions at 79 Ib-mol/hr with 19% CO,

A B C D E F G
Co2 19.00% 19.00%  65.10% 2.25% 64.07% 1.46% 67.32%
CH4 73.00% 72.99% 30.3B% 83.41% 31.54% £9.26%  28.31%
H25 1.00% 1.01% 3.22% 0.20% 313% 0.17% 3.22%
CH+ 7.00% 7.00% 1.29% 9.13% 1.26% 9.12% 1.15%

58 lbmol/hr
1.99% CO,
88.68% CH.
0.19% H,5
9.14% CH.

21 lbmol/hr
65.11% CO,
30.48% CH.
3.19% H,5
1.22% CH+
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Figure 25. Three membrane network at 79 Ib-mol/hr with 19% CO,
Table 14. Three membrane network molar compositions at 79 Ib-mol/hr with 19% CO,
A B C D E F ] H ] K L L] N
Flow rate [lbmalhr) 27.08 42.54 9.73 21.68 14.25 0.14 63.18 6.15 3148 42.64 1.31 59.30 987
% C02 1899  19.01  19.00 143 6312 1.93 778 4245 194 3537 7212 201 4284
% CHY 7301 7302 7300 BR7S 3237 8514 8375 5303 BBEE 5781 2303 E8E7 5305
% H2s 1.00 1.0 0.98 0.15 3.23 1.57 0.48 2.85 0.18 1.82 1.64 0.16 241
% CHt 7.00 5.96 .01 8.64 128 1135 7.99 2.06 9,00 4.50 1.21 8.7 2.09
p a A 5 1 u v W X ¥ z AR BB
Flow rate (lbmol/hr] 369 4731 L06 2218 2044  59.18 004 3184 1537 052 193 0.45 0.07
W02 42.37 21.83 63.43 1an LM 201 38.35 La9G 63.12 1.40 T2.24 1.78 59.85
% CHL 53.12 T0.53 32.09 ES. B4 23.29 BB.ES 57.53 EB.B7 33,44 89.22 23.332 B9.13 3591
% H25 2.37 1.16 2.99 0,14 361 0.16 2321 017 3 015 3.61 013 3.04
% CH+ 15 6.49 1.49 5.62 0,85 8.97 1.92 899 1.24 5.23 0,83 891 1.20
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Figure 26. Three membrane network at 127 Ilb-mol/hr with 19% CO,

Table 15. Three membrane network molar compositions at 127 Ib-mol/hr with 19% CO,

A -] c 2] E F G
Flow rate {lbmolfhr) .08 45.16 2873 2.54 45.73 14,10 14.40
RCO2 19.00 19.00 19.00 60.51 34,34 60,08 B0.7F
WCHL 73.00 .99 T3.00 34,86 58.99 A5.47 4,77
SeH2s 1.00 1.01 0.99 297 1.75 .98 .02
SCH4 7.00 7.00 T.01 1.35 4.92 1.6 1.43

H 1 K L Lol M P
Flow rate {[bmaol/hr) 1146 24.58 20.91 34,01 14,16 35,68 .05
®O02 60.50 1.93 T2.E9 1.51 B0.03 .14 63.40
SCHA .76 B9.47 22.70 88.81 35.48 B2.43 31,70
HH2S 3.05 0.19 a6l 0.16 3.03 D.18 331
SCH+ 1.39 8.39 050 5:31 1.46 9.5 1.59

95 lbmal/hr
1.99% CO,
B8.78% CH,
0.18% H,5S
9.05% CH.

32 lbmolfhr
68.58% CO,
26.99% CH,
3.40% H,S
1.03% CH,
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Figure 27. Three membrane network at 238 Ib-mol/hr with 19% CO,
Table 16. Three membrane network molar compositions at 238 Ib-mol/hr with 19% CO,
A B C D E F G H I ) K
Flow rate (lbmol/hr) | 140.68 96.91 0.52 107.91 0.96 31.85 15.18 1501 17154 2.68 32.18
% CO2 19.00 19.00 18.28 1.62 1.65 51.91 51.91 52.04 1.99 65.10 52.05
% CH4 73.00 73.00 73.11 £9.37 8912 4366 4365 4352 88.68 29.62  43.51
o H25 1.00 1.00 1.00 0.15 0.16 2.67 2.67 2.70 0.16 3.23 2.69
% CH+ 7.00 7.00 7.62 8.86 9.08 1.77 1.78 1.75 9,17 2.05 1.75
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Figure 28. Three membrane network at 79 Ib-mol/hr with 9% CO,

Table 17. Three membrane network molar compositions at 79 Ib-mol/hr with 9% CO,

A B C D E F G H
Flow rate {Ibmol/hr) 76.79 2.44 0.13 1.30 .23 79.13 1.81 23.21
% C02 9.40% 9.42% 12.38% 0.00% 0.00% 9.13% 0.00%  25.00%
% CH4 89.59% 89.61% B86.63% 75.00% 79.00% 89.87% 938.68%  75.00%
% CH+ 1.00% 0.97% 0.99% 25.00% 21.00% 1.00% 1.32% 0.00%

J K L M N P a R
Flow rate {lbmol/hr) 1.51 0.01 3.66 1.34 30.32 19.18 0.02 J1.87
% co2 0.00%  50.00% 0.43% 50.00% 24.61% 0.00%  25.74% 2.72%
% CH4 75.00% D.00% 7787% 39.11% T7277% 9843%  219.73%  96.69%
% CH+ 25.00% 50.00% 21.69%  10.89% 2.62% 1.57%  40.53% 0.58%
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